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Small tube-to-particle-diameter ratio induces a radial heterogeneity in tubular fixed
beds on the particle scale. In this complex topology, theoretical models fail to predict
wall-to-fluid heat transfer. In order to be more realistic, a deterministic Bennett
method is first used to synthesize two packings with a tube-to-sphere-diameter ratio of
5.96 and 7.8, containing 236 and 620 spheres, respectively. In a second step, unsteady
velocity and temperature fields are computed by CFD. In the range of Reynolds num-
ber lying between 80 and 160, hydrodynamic results are validated with experimental
data. The thermal disequilibrium in the near-wall region is described in detail. Several
pseudo-homogeneous models are compared to the numerical simulations. The radial
and axial profiles of temperature show a clear agreement with the model of Schlün-
der’s research group and the model of Martin and Nilles. VVC 2009 American Institute of

Chemical Engineers AIChE J, 55: 849–867, 2009
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Introduction

Tubular fixed beds are used in many processes like
absorbers, chemical reactors, and heat exchangers. The study
of heat transfer is of the utmost importance with regard to
yield, stability, selectivity, and catalytic deactivation. In the
presence of highly exothermic or endothermic heterogeneous
gas-solid reactions, the radial heat transfer (through the
packed bed and at the wall) is increased by using a small
tube-to-particle diameter ratio. Therefore, accurate correla-
tion for the effective transverse thermal conductivity and for
the wall heat-transfer coefficient at the wall is necessary.
Until several decades ago, much experimental work and
models were devoted to the determination of correlations.
However, the analysis of the experimental data was carried
out by means of very simplistic models which assume that
the fixed bed is a homogeneous effective porous medium.
This leads to the assumption of parameters, such as porosity,

permeability; heat conductivity constant in space.1–3 More-
over, the heat conductivity of the two phases, as well as
their wall heat-transfer coefficient is combined in one param-
eter. The other main approximation is the presence of a tem-
perature jump at the reactor wall. This assumption cannot be
used at small and moderate Reynolds numbers. Owing to
these simplistic assumptions, the standard two-parameter
model gives a wide scatter of the Nusselt number and the
radial conductivity.4

In the case of a tube-to-particle diameter ratio smaller
than 10, the wall of the fixed bed induces a radial heteroge-
neity of the compacity. The consequence of this is the pres-
ence of a fluid flow maldistribution, and a radial gradient of
the thermal conductivity especially close to the reactor wall.
Therefore, the global parameters mentioned previously must
be used locally because of their dependence upon the local
compacity.5–8 Some attempts have been made to take into
account the heterogeneity in the standard model by using a
radial profile of velocity computed with a Brinkman-For-
chheimer phenomenological equation or a radial profile of
the effective thermal conductivity. This approach, however,
must be used carefully. Even if the two phases are taken
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into account, there is no distinction on the microscopic scale.
Experimental investigations show that the scale of the heter-
ogeneity is of the order of the particle diameter, i.e., lower
than the Darcy scale, although the two phases are clearly
separated at this scale. Consequently, in order to match the
Brinkman-Forchheimer equation with their experimental ve-
locity data, Giese et al,9 Bey and Eigenberger,10 and also
Givler and Altobelli,11 used an effective turbulent viscosity,
which can tend to a value greater than one as the Reynolds
number decreases to zero. Despite those improvements, the
published correlations do not correctly predict the magnitude
and the longitudinal position of the hot spot in the presence
of an exothermic chemical reaction even in turbulent
regime.12–13

The spatial heterogeneity is in fact composed of two con-
tributions: the radial heterogeneity and the spatial separation
of the two phases. If we consider the hydrodynamic aspect,
the phase separation induces a transversal contribution of the
convective heat and mass transfer. It also induces a strong
coupling in space of the three velocity components. The
time correlation has also to be taken into account according
to the hydrodynamic regime. Another approach, which is
more rigorous, consists in computing at the pore scale the
velocity and the temperature field. This approach needs to
build the packing in order to compute the velocity field
between the particles, and the heat and mass transfer in the
two phases by CFD. The main interest of this is to introduce
the topologic heterogeneity in a realistic way, and to
describe its influence on the heat transfer on the local scale.
The other advantage is to avoid the use of the heat transfer
limitation at the reactor tube wall. For many years, this
method of investigation was performed at low Reynolds
numbers for hydrogeological applications:14–16 permeability
computation, transport properties, dissolution and clogging
mechanism, etc. For a few years, the microscopic approach
is used in the case of a tubular fixed bed, but most of the
packed beds are structured and/or contained only few
grains.17–22 Only a few numerical results from representative
fixed-bed reactors are available in the literature.23–27 The
published numerical studies on heat transfer are mainly car-
ried out by means of the standard turbulence models which
assume that the turbulence is well established, i.e., a Reyn-
olds number range much greater than 200. Owing to the
complexity of the topology, the turbulence is not homogene-
ous and isotropic. Therefore, the turbulent parameters such
as the viscosity and the heat conductivity are unknown.

In this work, we present numerical results on the heat
transfer properties of fixed beds in the range of Reynolds
number lower than 160. The hydrodynamics and the temper-
ature field are computed by means of the resolution of the
standard 3-D (three-dimensional) Navier-Stokes equations
and the laminar heat-transfer equation. The unsteady equa-
tions must be solved because in this range of Reynolds num-
ber the laminar flow is unstable. The direct numerical simu-
lation has the advantage of minimizing the number of
hypotheses contrary to turbulent models: no-slip conditions,
prescribed temperature at the inlet and at the reactor wall.
On the other hand, the disadvantage of the DNS is the lim-
ited Reynolds number range due to the computational
requirement (small grid size and time step). In this work, the
diameter ratio dt/dp is 5.96 and 7.8, respectively. In order to

use representative fixed beds, the computational domains
contain several hundred spheres. The fluid is assumed to be
a gas whose physical properties are independent of the tem-
perature. From these results the CFD approach will be com-
pared to several standard macroscopic models.

Microscopic Approach

Packing simulations

The 3-D computation first requires the fixed-bed structure
to be represented. The geometrical structure may be ana-
lyzed by tomography or magnetic resonance imaging. In this
case the generated packing mimics the sample exactly and
the numerical results (velocity or concentration) can be
compared locally with in situ measurement data.23,25 The
numerical approach is also often used.19,21,24,27 Among
many methods, the Bennet technique is used in this work.
This approach consists in adding sequentially new spheres
one at a time on a basal horizontal plane. The choice of the
site of deposition used in the literature is also varied.28 In
order to obtain a packing stable under gravity, the added
sphere, is, therefore, in contact with three other ones already
in place if the sphere is not in contact with the horizontal
plane. Other contacts, like one sphere in contact with two or
four spheres, are not taken into account. Spheres are gener-
ally added in a cubic container with a lateral periodic bound-
ary condition i.e., in the absence of a vertical wall. However,
Mueller29 introduced wall effects by distinguishing spheres
in contact with the vertical wall, and spheres in contact with
other spheres only. This method, used in this work, has been
described and tested in detail in Magnico.27

Hydrodynamic and heat-transfer simulation method

In a second step, the velocity field is computed at the pore
scale. Two main methods are currently used to compute
numerically the velocity field: (a) the fluid is a continuous
phase; the 3-D Navier Stokes equations (or any equations of
turbulence), and the heat balance equation are solved (by
finite volume technique for example); (b) the fluid is com-
posed of particles moving and interacting on a lattice; the
lattice Bolzmann automata (LBA) method consists of a sta-
tistical treatment of the distribution function represented by
the particles. This method has the advantage of being robust
in complex geometry,25,26,30 although it seems that it cannot
be used for heat-transfer simulations.31

In this work, the velocity field of an incompressible fluid
is computed by means of the tridimensional Navier Stokes
equations (direct numerical simulation) solved by the finite
volume method on a collocated grid. Usually, the momentum
equations are solved by means of staggered grids. In such
grids, the velocity components are determined at the scalar
control volume faces. Scalar means here the pressure or tem-
perature, for example. Therefore, this method needs four sets
of control volume for the 3-D case which increases the com-
plexity compared to the collocation method. On the other
hand, the coupling between the pressure and the velocity is
solved correctly. Ferziger and Peric32 demonstrated that by
correcting the local pressure gradient, the collocation grid
produces results as accurate as the staggered ones with no
increase of the computing time. However, at the same time,
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we need to compute the velocity at the center and at the
faces of each cell. As for Ferziger and Peric, the SIMPLE
algorithm is used, and is stabilized by means of the undere-
laxation method.

The viscous dissipation is computed by means of the cen-
tral difference scheme (CDS). In the previous work27 the
‘‘deferred correction method’’ was used in the computation of
the convective contribution. This method consists in interpo-
lating the upwind difference scheme (UDS) solution with the
CDS one. In this work, the unsteady solution is computed.
Therefore, in order to minimize the numerical dissipation, the
second-order QUICK scheme is used. The time derivative is
discretized with the following second-order polynomial

@ ~Unþ1

@t
¼ 3~Unþ1 � 4~Un þ ~Un�1

2dt
(1)

where n means the time iteration number. The heat-transfer
equation is solved in the two phases with the QUICK scheme
for the convective term, and with the central difference scheme
for the diffusion term. Owing to the memory available (2GB),
it is necessary to use the first-order time discretization for the
temperature

@Tnþ1

@t
¼ Tnþ1 � Tn

dt
(2)

For the fluid flow, the no-slip condition is prescribed at
the interface solid/fluid. At the ends of the reactor, a periodic
condition is specified for the velocity components with a
prescribed pressure drop. The periodic boundary condition
can be implemented only if the synthesized fixed bed also
has a periodic geometry. With this aim, one part is first
taken from the initial packing, and then it is duplicated. The
two parts are placed end to end. The boundary between the
two parts is located at the top of the computation domain.
This method has the disadvantage, however, lowering the
compacity between the two parts. This induces a perturba-
tion in the heat transfer at the top of the computational
domain.

In order to perform the comparison with several macro-
scopic models, the CFD simulations mimic the experiments
described in the fourth part of the publication: a cold gas
flow enters the packing and is heated at the wall. Therefore,
an inlet temperature and a wall temperature is specified, and
the oulet temperature is extrapolated. In the presence of a
temperature profile in the axial direction, the periodic flow
solution can be computed only if the viscosity and the den-
sity are independent of the temperature. We also assume that
the thermal diffusion and the specific heat capacity are inde-
pendent of temperature.

The momentum balance equations do not depend on tem-
perature, but the energy balance equation is coupled with the
momentum ones through the convective term. Therefore, at
the first step, a steady flow field is computed with the first-
order UDS. Then this flow field is used as the initial solution
for the unsteady computation. As mentioned, above the
QUICK scheme is used at this step. After n time steps, the
instability is established, a stationary solution of temperature
is computed with the velocity field at time tn. Then the com-
plete unsteady computation can start. At each time step, the

unsteady velocity field is computed first, and the new solu-
tion ~U ~r; tnþ1ð Þ is used to compute the unsteady solution of
temperature T ~r; tnþ1ð Þ.

The simulations are carried out with the same packings as
in Magnico27: (dt/dp ¼ 5.96 and 7.8). In order to have fixed
beds with a representative volume, the bed length L is 11.5
dp (dt/dp ¼ 5.96) and 13dp (dt/dp ¼ 7.8), so that the packings
are filled with 326 and 620 spheres, respectively. In order to
compare the numerical approach with the heat-transfer mod-
els, the flow rate must be high enough to reach Reynolds
number values higher than 100. A high Reynolds number
means small time steps and high-spatial resolution. In the
previous study, it was shown that the sensitivity of the ve-
locity to the space resolution (dp/d) increases with the Reyn-
olds number. The shape of the probability distribution func-
tion (pdf) of the axial velocity does not converge at a Reyn-
olds number of 60 even with a space resolution of 40. It was
also shown that the pdf is sensitive to the scheme used to
approximate the convective term in the Navier Stokes equa-
tions. With the resolution of 40, the number of voxel is
about 9.6 � 106 (dt/dp ¼ 5.96), and 18 � 106 (dt/dp ¼ 7.8)
for the hydrodynamic. For the temperature inside the two
phases, the voxel number is about 20 � 106 (dt/dp ¼ 5.96),
and 40 � 106 (dt/dp � 7.8). In this study, the Reynolds num-
ber range corresponds to the unstable hydrodynamic regime.
The unsteady computation requires the storage of the veloc-
ity and temperature fields at time tnþ1, tn and tn�1. There-
fore, it is decided to use the same spatial resolution with
Reynolds number values lying between 80 and 160. The
value of the time step is kept constant so that the CFLmax
for each velocity component is lower than 0.9 in the overall
domain.

In all the simulations, the inlet gas temperature is 293 K,
and the wall temperature is 373 K. The packings, through
which air is flowing, are filled of ceramic spheres. The parti-
cle-to-gas conductivity ratio is 40, and the fluid Prandt num-
ber is 0.7. In all models of heat transfer, a stationary state is
assumed. Therefore, the specific heat capacity of the solid
phase (Cps) does not appear in the heat balance equation,
even in the two phase model of Dixon and Creswell.2 The
designation of the ceramic is never mentioned in experimen-
tal work. Therefore, it was decided to assume that Cps �
Cpf. This approximation has no influence on the heat transfer
because, even in the unsteady hydrodynamic regime, the
solid temperature remains constant.

Hydrodynamic Results

The velocity field is the key parameter for the numerical
computation for the following reason. The nonlinear momen-
tum equations control the convective transport of tempera-
ture. However, the physical and thermal properties of the
fluid are independent of temperature. Hence, the linear
energy balance equation does not influence the hydrodynam-
ics. Several parameters control the accuracy of the computa-
tion: the grid size, time step, and convergence rate. There-
fore, the first question is: does the hydrodynamic instability
appear at the right critical Reynolds number? The hydrody-
namics is sensitive to the pore space heterogeneity inside the
packing filled with impermeable particles. Thus, the second
question is: does the evolution of the radial profile velocity
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with the Reynolds number agree with the experimental
observations?

Instability threshold

Figure 1 shows the time evolution of the transversal com-
ponent averaged over the whole of the packed bed (dt/dp ¼
5.96). The axial velocity displays no oscillations whatever
the Reynolds number. The initial draft steady velocity field
is far from the solution of the unsteady momentum equa-
tions. The use of this initial solution generates a perturbation
which is at the origin of stable oscillations if the Reynolds
number value is higher than the critical one. At a Reynolds
number of 80, the solution oscillates around the final one.
The amplitude decreases continuously until the steady state
is reached. The same behavior is observed when the
unsteady flow field at Rep ¼ 120 is used as the initial solu-
tion. This confirms that the flow is stable at Rep ¼ 80. At
higher Reynolds number, the unsteady flow persists. The
magnitude of the oscillation increases drastically by a factor
of ten as Rep increases from 120 to 160, i.e., an increase of
30%, although the period remains equal to about 0.4s. In
this range of Reynolds number, no erratic evolution of the
velocity appears although at Rep ¼ 160, small and high mag-
nitude of oscillations appear with a period of about 3 s. This
means that the flow is not turbulent even at the highest
Reynolds number, and that a second instability mode appears
as we are close to the turbulent threshold.

The critical Reynolds number value lies between 80 and
120. This was also observed by Hill et al.33 The lattice
Boltzmann approach was used in random packings made of
16 to 64 spheres. The packing was not bounded by a wall.
From their data, it seems that the critical Reynolds number
increases with the sphere number, but depends slightly on
the solid fraction. The critical Reynolds number ranges from
80 to 100 if the sphere number is 64, with a porosity ranging
from 38% to 45%.

Several experimental investigations of the hydrodynamic
regimes in fixed beds was carried out34–37 by electrochemical
measurements, flow visualisation or LDA. The critical Reyn-
olds number ranged from 90 to 150 depending on the particle
shape, the packing structure and the experimental technique.
More recently, Seguin et al.38 measured the onset instability
with electrochemical microprobes at the wall and in the core
of the packed beds. In the case of spheres (dt/dp ¼ 7.5 and
12), the authors found a critical Reynolds number value rang-
ing from 110 to 120 in the core of the packing, and a critical
value of about 135 at the wall. Using an NMR technique for a
simple cubic array of spheres, Suekane et al.39 observed an
instability threshold at a Reynolds number value of 90. The
periodicity was around 0.55s. Unfortunately the authors do
not mention what was the velocity component.

Radial distribution of the superficial axial velocity

Two research groups measured the radial profile of the
axial velocity in order to validate the Brinkman-Forchheimer
equation. This phenomenological equation interpolates two
scales. The particle scale is modeled by the viscous dissipa-
tion term, and the Darcy scale is modeled by the Darcy/
Forchheimer pressure drop correlation. If the equation is

extended to heterogeneous porous media by substituting the
constant porosity for the local one e(r), the velocity can be
computed continuously from the wall, where the viscous
term is dominant (e � 1), to the core of the packing where
the Darcy/Forchheimer correlation is dominant (e � 0.4).
However, the fluid viscosity inside the viscous term has to
be replaced by an effective viscosity depending on the
Reynolds number, the diameter ratio and the particle shape.
If the Ergun correlation is used, the extended Brinkman-
Forchheimer equation is expressed as follows

@P

@z
¼ geff

r

@

@r
r
@UzðrÞ
@r

� �
� AUzðrÞ � BU2

z ðrÞ

with A ¼ 150
1� eðrÞð Þ2
eðrÞ3

gf
dp

and B ¼ 1:75
1� eðrÞð Þ
eðrÞ3

qf
dp

: (3)

Inside fixed beds, Giese et al.9 measured the interstitial
velocity by means of laser Doppler anemometry (LDA). The

Figure 1. Time evolution of the Reynolds number (x
component) averaged over the whole sphere
packing defined by dt/dp 5 5.96.

(a) Rep ¼ 80, (b) Rep ¼ 120, and (c) Rep ¼ 160.
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superficial velocity is obtained by including zero velocity
inside the particles. By this method, the radial profile of po-
rosity can also be measured whatever the particles shape. A
Fourier series was used in order to match the experimental
profiles of porosity.40 Four shapes of particle were used
(sphere, cylinder, deformed sphere and Raschig ring), with a
diameter ratio dt/dp of 9.3. The Reynolds number ranged
from 4 to 500. For all the particle shapes, the Ergun correla-
tion was used. Bey and Eigenberger10 measured, by means
of hot wire anemometry, the gas velocity at the exit of a
monolith positioned below the packed beds. The fluid flow
was computed in the monolith and in the porous medium.
As for Giese et al.9 an analytical expression of the porosity
profile, depending on the particle shape, was developed from
published data. From their experiments, the two groups eval-
uated an effective viscosity correlation which is compared
later. Another investigation was carried out by Ren et al.41

by means of the NMR velocimetry. Spheres and pellets were
used. The sphere packing had a diameter ratio lying between
1.4 and 32. The Reynolds number ranged from 6 to 225, and
no viscosity correlation was suggested.

In Figure 2, the radial profiles of the normalized axial ve-
locity computed inside the two packings are shown. The ve-
locity at each radial position is averaged over the tangential
direction and over time. The simulations carried out at four
Reynolds numbers are compared with the experimental data
published by Giese et al.9 The velocity profile at a Reynolds
number of 77 is chosen because, in the investigated range

from 77 to 532, the radial distribution does not change sig-
nificantly compared to the data scatter, and because it corre-
sponds to the mean value of the Reynolds number range
investigated in this chapter. As observed by Magnico,27 the
velocity profile in the case dt/dp ¼ 5.96 displays a first peak,
which is too small compared to the LDA data at small Reyn-
olds number, whereas in the core region the profile is com-
parable. In Figure 2b (dt/dp ¼ 7.8), the profile matches the
experimental data near the wall, but in the core region the
amplitude of the velocity oscillation is too small. In the
Reynolds range of 3 to 80, the first peak close to the wall
increases so that the two first peaks have a comparable mag-
nitude. If Rep [ 80 the profile remains unchanged. In the
core region, the profile is independent of the flow rate.

In order to compare the numerical results with the data of
Bey10 and Giese9 at several Reynolds numbers, the profiles
computed from the Brinkman-Forchheimer equation are used
(Figure 3). Two reasons for this choice: first, this allows
using comparable data because the in situ velocity profile of
Bey and Eigenberger is deduced from experimental data out-
side the packings. Second, the scatter of the LDA data is
large and the computed profiles from the Brinkman-For-
chheimer equation match these data over all the Reynolds
number range. The computed profiles of Bey and Giese will
be considered as the experimental profiles. The velocity pro-
file published by Ren et al. corresponds to dt/dp ¼ 4.8.
Therefore, the velocity profiles computed with dt/dp ¼ 5.96
will be used in the following discussion.

Figure 2. Radial profiles of the normalized axial veloc-
ity for three Reynolds number values: Rep 5
80, 120 and 160.

(a) dt/dp ¼ 5.96, and (b) dt/dp ¼ 7.8. Comparison between
the CFD simulations and the experimental data of Giese
et al.9

Figure 3. Radial profiles of the normalized axial super-
ficial velocity computed with the Brinkman-
Forchheimer equation.

Packing with dt/dp ¼ 5.96. (a) Correlation of Giese et al.9

and (b) Bey/Eigenberger correlation.10
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The velocity profiles computed by Bey and Eigenberger
from their measurements are very different from the profiles
of Giese. In Figure 3a, at small Reynolds number, the sec-
ond peak is higher than the first. This peak increases with
the Reynolds number, and remains stable at Rep [ 60. The
second peak decreases over the whole range of Reynolds
number, although the decrease is much smaller if Rep [ 60.
In Figure 3b, the first peak is much higher than the second
peak at small Reynolds number. The magnitude of the first
peak decreases if Rep [ 60, but the magnitude of the second
peak decreases with Rep even if Rep \ 60. The radial profile
of the velocity depends both on effective viscosity correla-
tion and on the porosity profile. We will first compare the
porosity profiles used by the two groups (Figure 4a). The
magnitude of the oscillations is higher than the one dis-
played by the profile of Bey. If we consider that the second
peak is independent of the viscous stress term, the porosity
(or permeability) profile explains the difference of magnitude
of the second maximum of velocity at the same Reynolds
number. These observations confirm the numerical results in
Figure 2. The two groups found from their measurements
two different effective viscosity correlations. If the effective
viscosity remains equal to the fluid one, the first peak
increases with the Reynolds number.12 The Ergun correlation
has no influence near the wall. To stabilize the first peak, a
slight increase of the effective viscosity is sufficient. Thus a
large reduction of this peak is induced by a noticeable
increase of effective viscosity. Therefore, the correlation of
Giese must predict higher values than the correlation of Bey
if Rep \ 140, whereas for Rep [ 140, the correlation of Bey
must predict higher values which increase when Rep [ 60.

The profiles published by Ren et al.41 show that at Rep ¼ 45,
the magnitude of the first peak is 3. and decreases to a value of
1.5 as Rep increases to 140. The second and third peaks
decrease from 2. to 1.4, and from 1.5 to 1, respectively, over
the same Reynolds number range. The evolution of the profile
with the Reynolds number can be compared with the results
shown in Figure 3b. The authors mentioned that, in this range,
laminar conditions are ensured throughout all the experiments.
It seems that they did not take into account the unsteady flow
regime. Moreover, the statistical treatment required to obtain a
time-averaged velocity was not carried out.

This numerical results can be compared to others pub-
lished by Zeiser et al.24 and Freund et al,26 Zeiser and cow-
orkers computed the velocity field by the Lattice Boltzmann
technique. Sphere packings were synthesized by a Monte
Carlo method for a tube-to-sphere-diameter ratio of 5 and 6.
For the packing defined by dt/dp ¼ 6, and L/dp ¼ 6, the po-
rosity profile is similar to the profile computed by Bey and
Eigenberger.10 At a Reynolds number of 5, and with a spa-
tial resolution d/dp of 16, the LBA predicts a velocity profile
close to the profile of Bey. The magnitude of the first and
second peak was 3.7 and 1.5, respectively. The same group26

used two packings for their simulations: dt/dp ¼ 4 with L/dp
¼ 20, and dt/dp ¼ 6 with L/dp ¼ 21. The spatial resolution
dp/d was 30. Improving their Monte Carlo method, the po-
rosity profile for dt/dp ¼ 6 agrees with the profile of Bene-
nati et al.42 which is comparable to the profile of Mueller.29

The magnitude of the first peak is 2.8, and the value of the
second is 1.7 at Rep ¼ 50. Comparing the results published
in the two articles, the same radial profiles of velocity can

be obtained from two different radial profiles of porosity i.e.,
the velocity does not seem sensitive to the packing structure.
However, in the previous publication27, several packings
with dp/dt ¼ 5.96 were used in order to study the influence
of the bed structure on the velocity profile. The simulations
reveal that for the same porosity profile, the velocity profile
changes drastically in the core region, the two first peaks
remaining mostly identical. Thus, the porosity profile is not
influenced by the packing structure contrary to the velocity
profile in the core region. It is surprising that the two numer-
ical methods (LBA and finite volume) do not compute the
same velocity profile. Does this mean that the shape of the
velocity profile depends on the axial boundary condition?

Heat-Transfer Models

In this section, several models are described in order to
compare them with the numerical approach. They are chosen
according to the coherence of their correlation set, their ac-
curacy or the relevancy of the model.

Pseudo-homogeneous approach

To model the heat transfer in tubular fixed beds, the po-
rous medium is considered as pseudo-homogeneous: the tem-
perature difference between the solid and the fluid phase is
not taken into account, the fixed bed is axisymmetric, heat is
transferred by convection with a mean superficial velocity,
and by dispersion in the radial and longitudinal directions.
Generally, the three parameters are independent of the spa-
tial coordinate. As we will see below, spatial heterogeneity

Figure 4. (a) Radial profiles of porosity, and (b) plot of
the normalized effective viscosity vs. Rep.
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has only been taken into account recently. At high flow rate,

the experimental temperature profiles display a jump at the

wall. In order to take into account the heat-transfer limitation

near the wall, the thin film model is used in series with the

radial conductivity. At steady state, the heat balance in the

absence of chemical reaction is

qf CpfUz
@

@z
T ¼ kr

@2

@r2
T þ 1

r

@

@r
T

� �
(4)

with the following boundary conditions

aw Tw � Tð Þ ¼ kr
@

@r
T at r ¼ Rt (4a)

T ¼ TO at z ¼ 0 (4b)

@

@r
T ¼ 0 at r ¼ 0 (4c)

In Eq. 1 the effective moving phase is in fact the fluid

phase because it flows with the same velocity, the same den-

sity and same specific heat capacity. However, we must take

into account the thermal diffusivity in the solid and the geo-

metrical properties of the fixed bed (tube diameter, particle

size, porosity). All these parameters are included in the

effective thermal parameters kr and aw. The effective con-

ductivity is the contribution of two transfer mechanisms: the

conduction through each phase and the hydrodynamic

mixing which dominates the transfer process at high-fluid

velocity. Its general expression is the sum of the two

contributions

kr ¼ k0r þ k1rRe
a
p (5)

Usually the wall heat-transfer coefficient aw is expressed

in the same manner even if at a small Reynolds number, its

meaning is questionable. As Rep ! 0 this coefficient must

be considered as a lump parameter obtained by extrapolation

at low Reynolds number. In fact, the sum expresses the

interpolation between the two consecutive mechanisms

which occur in two distinct Reynolds number ranges.
Nevertheless, even if the pseudo-homogeneous approach

is easy to use, there exists a large number of correlations

depending on the numerical method used for the estimation

of the two coefficients. Most of the authors also observed

that these coefficients depend on the fixed-bed length. The

consequence is a scatter of the experimental values of aw.
Several explanations were suggested. First, the model is not

able to compute the temperature profile close to the inlet

with the boundary conditions (Eq. 4b and c). At the inlet,

the high-temperature jump (DT ¼ Tw � TO) induces a high

value of the wall heat transfer. As the distance from the inlet

increases, the wall heat transfer decreases and reaches an as-

ymptotic value if the bed is long enough.43 The location of

the temperature measurement controls the estimation method

and the use of the analytical solution of Eq. 4.44,45 Second,

if the pseudo-homogeneous model is used, Tsotsas et al.4

suggested plotting the experimental data on the Bi-Gz dia-

gram. The experimental data, collected by the authors, dis-

plays an independence of Bi toward the length ratios L/dp
and dt/dp over two decades in Graetz number. Third, several

physical mechanisms can also influence the fluid mixing.

The high-temperature close to the inlet is located at the wall.

This may induce natural convection and flow instability at

the wall, changing the heat transfer mechanism. Another ex-

planation is that the velocity profile has to be developed at

the inlet. One method is to use an unheated calming section,

filled with the same particles as in the heated one, and

located at the inlet of the packing for the velocity to develop

a radial profile.46–48

Two main sets of correlation, computed with this heat-
transfer model, are used in chemical engineering: the corre-
lation set of Zehner/Bauer/Hennecke/Schlünder, and the cor-
relation set of Specchia/Baldi/Sicardi, mainly based on the
analysis of experimental data of many authors. Their utmost
advantage lies in the determination of the two correlations
the one with the other.

Zehner/Bauer/Hennecke correlations

The effective thermal conductivity and the wall heat-trans-
fer coefficient were estimated with two different experimen-
tal setups. In the first setup, a hot gas was injected at the
inlet central axis of the fixed bed through which a colder gas
was flowing.49 The temperature profiles, measured just above
the inlet and at the outlet, had a Gaussian profile. The outlet
temperature profile was mainly located in the core of the
fixed bed so that the heat exchange with the wall and the
packing heterogeneity near the wall contributed slightly in
the estimation of kr. The particles were spheres, the thermal
conductivity and the diameter ratio dt/dp ranged from 0.1 W/
mK to 385 W/mK and from 25 to 60, respectively. Owing to
the particular experimental setup, no length dependence was
observed. The Peclet number ranged from 100 to 1,000. In
their correlation, the authors used the expression of k0r com-
puted by means of theoretical studies carried out by Zehner
et al.50 Complementary experiments were carried out leading
to a more accurate model.1,51

The wall heat transfer was measured by means of a cylin-
drical fixed bed bound by a porous wall composed of clay
particles.52 The packed bed was immerged in a cylinder
filled with water. The dry flowing gas evaporated the water
at the surface of the wall. The temperatures at the wall, the
inlet and the outlet were used to evaluate the heat flux at the
wall. The wall and the inlet temperatures were measured by
means of thermocouples. The outlet temperature was calcu-
lated with the flow rate, and with the amount of the evapo-
rated water measured by graduated burettes. The particles
were spheres, cylinders and Raschig rings and the material
was glass, copper and Styropore. The Peclet number and the
diameter ratio dt/dp ranged from 50 to 1,500, and from 4 to
50, respectively. In order to take into account the heat trans-
fer through the packing, the authors used the pseudo-homo-
geneous model with their effective thermal conductivity
correlation.

Martin/Nilles correlations

In order to improve the correlations available in the litera-
ture, Martin and Nilles53 proposed to reevaluate the Nusselt

AIChE Journal April 2009 Vol. 55, No. 4 Published on behalf of the AIChE DOI 10.1002/aic 855



number correlation from new experimental investigations
and published data. They assumed that the effective radial
conductivity follows the correlation of Zehner/Bauer, but k0r
depends on the tube-to-particle diameter ratio. The experi-
ments were performed with heated air flowing through
packed beds filled with spheres. The materials were glass,
ceramic and steel. The diameter ratio and the Peclet number
ranged from 1 to 51, and from 10 to 1,000, respectively.

Specchia/Baldi/Sicardi correlations

The kr and aw correlations were calculated for spheres,
cylinders and Raschig rings by means of a large number of
data published in the literature, and by means of comple-
mentary experimental results.3,54 The Reynolds number, the
diameter ratio dt/dp, and the heat diffusion ratio ks/kg ranged
from 15 to 8,000, from 3 to 80, and from 4 to 15, respec-
tively. The selected published data were obtained from pack-
ing having a length greater than 12dp so the authors assumed
the depth independence of the data analysis. They used an
experimental setup composed of a calming zone and a
heated section. Along the two sections, the tube was made
of a stainless steel material contrary to Dixon’s recommen-
dations. The thermocouples were located radially inside the
packed bed at a short distance from the exit. At the outlet,
the fluid is collected in a conical chamber in order to mea-
sure the mean temperature accurately. The two parameters
were correlated without particle shape dependence. The
motionless contributions to kr and aw were analyzed with the
Kunii and Smith approach.55 By analogy with mass transfer,
the convective contribution of kr was analyzed with the cor-
relation of Fahien and Smith.56 The experimental data plot
of the Nusselt number vs. the Reynolds number showed that
the convective contribution of aw did not depend on the
diameter ratio dt/dp.

Effects of radial profile of the packing heterogeneity on
the heat-transfer properties

A way to improve the pseudo-homogeneous approach is
to take into account the effect of the radial distribution of
packing porosity on the overall heat-transfer properties. Sev-
eral hydrodynamic investigations were carried out 30 or 40
years ago by laser velocimetry or by hot-wire anemome-
try,57–59 but the measurements were made at the outlet of
the packing. The velocity profile depends greatly on the
clearance, and the radial fluctuation of the velocity was
smoothed and showed only one peak close to the wall. From
these observations, the packing is often divided into two
regions: a core region in which the axial velocity remains
constant, and a near-wall region where the axial velocity dis-
tribution is characterized by a large gradient. The heat-trans-
fer mechanisms occur in series from the near-wall region
to the core region. Several models are based on this
representation.5,6,7,52,60,61

In order to use a more realistic model, the radial profile of
velocity (Uz(r)) can be taken into account in the pseudo-ho-
mogeneous model. In the case of a fixed bed bound between
two parallel plates separated by a distance H, Cheng and
Vortmeyer6 solved the Brinkman equation coupled with the
porosity profile of Vortmeyer and Schüster.60 They used a

second-order perturbation to compute an analytical solution
of the velocity. The heat-transfer equation (4) was used but
with kr(r), and with a prescribed wall temperature. In order
to evaluate kr, experimental temperature data published by
Schroeder et al.62 were analyzed. In these experiments, the
temperature profile in the packing was measured by a tem-
perature difference between the two parallel plates. The par-
ticles and the fluid were glass beads and water, respectively.
The size ratio H/dp was 5.4 and 27, and the Reynolds num-
ber ranged from 100 to 2,200. The values of the three pa-
rameters on which kr(r) depends were determined by match-
ing the experimental data with the integral expression of the
local temperature computed with the experimental boundary
condition. However, the temperature field depends on the
heat flux at the wall and the theoretical profile is antisym-
metric. In fact, the experimental profiles are not antisymmet-
ric, and in order to estimate the heat flux the authors had to
extrapolate the fluid temperature at the wall, which leads to
large uncertainties at low Reynolds number.

In order to improve the approach of Cheng and Vort-
meyer,6 Winterberg et al.7 reevaluated kr from many experi-
mental data available in the literature. This time the local
velocity is computed with the 1-D Brinkman-Forchheimer
equation in which the porosity �(r) is approximated by an
exponential expression. In order to predict a value of the
velocity peak close to experimental observations, the effec-
tive viscosity is evaluated with the correlation of Giese.9

The authors assumed that k0r follows the correlation pro-
vided by Zehner and Schlünder50 as a function of the local
porosity. They assumed also that k1r does not depend on the
local porosity or on the local velocity, but on the radial posi-
tion and on the core-to-mean-velocity ratio. The effective
thermal conductivity depends on three parameters which
were not evaluated at the same time. The slope parameter
which determines the rate of increase of kr with the Peclet
number was evaluated with the local injection experiments
described in Zehner et al.49 The diameter ratio and the Reyn-
olds number ranged from 10.1 to 65, and from 100 to 2,740,
respectively. The damping parameter which determines the
width of the region close to the wall in which kr decreases,
and the exponent were evaluated with wall-heated or wall-
cooled experiments. The diameter ratio and the Reynolds
number ranged from 5.5 to 18, and from 24 to 1,000, respec-
tively. The slope parameter and the exponent are found to be
independent of the diameter ratio and the Reynolds number.
However, the damping parameter is a function of Rep only.

The Brinkman-Forchheimer equation predicts a radial dis-
tribution of velocity with the same shape as the porosity
profile except close to the wall. Therefore, a more realistic
porosity profile as measured by Benenati and Brosilow42 or
Mueller,63 must give a velocity profile oscillating over sev-
eral particle diameters. Bey and Eigenberger10 obtained such
profiles by means of hot-wire anemometry. The velocity was
measured at the exit of the packing. In order to avoid clear-
ance effects, a monolith was positioned just at the outlet.
Spheres, cylinders and Raschig rings were used. The diame-
ter ratio dt/dp and the Reynolds number ranged from 3.3 to
11 and from 100 to 1,000, respectively.

The heat transfer properties of cylindrical packed beds8

were studied by means of the same experimental setup as
Schroeder.62 The two parameters, aw and kr, are strongly
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coupled if the experimental temperature profile data is meas-
ured from cylindrical packed beds. This coupling increases
the sensitivity of the parameter estimation to experimental
error. The advantage of the two parallel plates heated at dif-
ferent temperatures is to remove the coupling. The wall
heat-transfer coefficient and the heat-transfer conductivity
are estimated by the temperature jump at the walls, and by
the temperature gradient between the two walls, respectively.
Equation 4, is, therefore, no longer used. In order to find a
correlation for aw and kr, measurements were performed
with spheres, deformed spheres and Raschig rings made of
glass and ceramics. The Reynolds number and the size ratio
H/dp ranged from 100 to 1,500, and from 3 to 9, respec-
tively. However, the authors proposed no expression of the
coefficient k 0r despite the large range of the tube-to-particle
diameter ratio used for their experiments. In this work, the
Zehner model49 is used to calculate this parameter.

At this stage, it is important to mention the heterogeneous
model of the Cresswell/Dixon group. In order to take into
account all heat transfer mechanisms in the pseudo-homoge-
neous model, the authors developed a two-temperature
model.2 An approximated analytical solution was computed
and matched to the exact one of Eq. 1 in order to find an
expression for aw and kr in function of aws, awf, afs, krf, krs.
This approach, extended to small and moderate Reynolds
number,47 may be predictable only if the expressions of the
five parameters are known. With this objective, A. Dixon64

used the correlations published by his group (Dixon and
Labua65: awf, Melanson and Dixon66: aws), and by other
authors (Dwivedi and Upadhyay67: afs, Kunii and Smith55:
krs), whereas krf, kzf, kzs were adjustable parameters.
Unfortunately the scatter of the experimental conductivity
measurements, and also the disagreement between the aw ex-
perimental data and the model are too great to consider the
model to be quantitatively predictable with this set of corre-
lations. Even if this approach gives a good insight into the
heat-transfer mechanisms, it cannot be used in this context
owing to its quantitative inaccuracy.

Heat Transfer Results

Before describing the CFD results and comparing them to
macroscopic models, several remarks have to be made.

First at the solid/fluid interface, the structured mesh
increases the specific surface area of the sphere and the
mesh size may be larger than the heat boundary layer. The
computation of the total specific surface of the spheres
increases by 1.45. This factor can be explained if we con-
sider the square computational cell. The hypothenus-to-cell-
side ratio is equal to 21/2. Therefore, at each face of the vox-
els in contact with the sphere surface, the heat flux is di-
vided by this factor. Second, at the sphere surface, the mean
temperature gradient around the sphere depends on Rep and
on the radial position of the sphere. In the case of spheres
located far from the wall, the mean radial temperature gradi-
ent is lower than 0.5�K per cell size at a Reynolds number
of 160. In the case of spheres contacting the wall the mean
radial gradient is lower than 1.5�K per cell size at the same
Reynolds number. Guardo et al.20 studied the sensitivity of
the heat transfer through the sphere surface toward the mesh
density at the surface. In the case of a sphere suspended in

an infinite fluid, the authors found that the Nusselt number is
independent of the mesh density if the cell volume is
2�10�4 lower than the sphere one. The Reynolds number
ranged from 3 to 3,000. In this work, the volume ratio is
8�10�6.

Third the structured mesh flattens the contact point so
that, with a spatial resolution of 40, the diameter of the con-
tact surface is around 3d. Thus, the CFD overestimates the
conduction through the solid phase. However, it is difficult
to quantify the effect of this overestimation on the tempera-
ture field in the Reynolds number range investigated. The ra-
dial conductivity increases with the Reynolds number. So at
high values of Rep, the contribution of k0r to the radial con-
ductivity is small. Taking into account the effect of the con-
tact surface, Bauer et al.51 found that the contact surface
fraction q2k ranges from 1.5�10�4 to 3.5�10�4. In the case
of ceramics, the model predicts an increases of k0r by 3%.
This correction is negligible compared to k1r: the model of
Bauer predicts a decrease of the ratio k0r/k1r from 1 to 0.5
as Rep increases from 80 to 160. In this work, the value of
q2k (¼32/402) is out of the range estimated by the model of
Bauer. With this value, the model predicts an increaes of k0r
by 28%. Argento and Bouvard68 also studied the contribu-
tion of the contact surface on the heat conduction by means
of numerical computation. The fluid conductivity is
neglected in the simulations. In the case of two touching
spheres, as in the model of Bauer, k0r increases by 8% if the
value of the radius ratio qk is 3/40. Cheng et al.69 studied
the conduction properties of a fixed bed filled with spheres
in the presence of a stagnant fluid. Validated with published
experimental data, the theoretical study predicts that for low-
conductive materials such as ceramics, the contribution of
the conduction through the contact surface is negligible (7%)
compared to the contribution of the conduction through the
stagnant fluid between spheres in contact. In the case of
low-conductive materials, the authors showed also that the
model of Bauer with qk ¼ 0 overpredicts the conductivity by
more than 10% compared to their model, which agrees with
the model of Kunii and Smith.55 However, the distribution
of the contact area is not reported. From now on, consider-
ing all these studies and the uncertainties about the contribu-
tion of all the conduction mechanisms around the sphere/
sphere contact, the correlation of Bauer will be used without
the contact surface effects.

In Figure 5, the CFD simulation without fluid flow is com-
pared to the correlation of Zehner49 with dt/dp ¼ 7.8. The ra-
dial profiles show that the correlation overpredicts the tem-
perature. At Z ¼ 2dp, the overestimation is around 3K. If k0r
is computed with the radial profile of porosity suggested by
Winterberg et al,7 the temperature profiles agree with the
CFD ones. However, the use of the local porosity underpre-
dicts the temperature averaged over the cross-section: at Z ¼
2dp, the underestimation is around 2 K. This comes from the
presence of humps close to wall.

In the case of non-structured mesh, the fluid cells are
highly skewed around contact points. In order to overcome
this problem, the spheres can be shrunk,21,22 but the heat
flux through the contact point, i.e., through the gas between
the shrunken spheres and the wall, has to be modeled. Under
laminar conditions, the velocity field can be computed even
with spheres in contact. In the case studied by the authors
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(Nylon spheres, Rep ¼ 373, dt/dp ¼ 2, L/dp ¼ 6), a shrinkage
of 1% decreases the temperature by 1.5 K at the outlet.
Under turbulent conditions, CFD simulations do not con-
verge with contacting sphere. Hence, the simulations were
carried out with different shrinkage values in order to esti-

mate the temperature increase by extrapolation to the case of
contacting spheres. At Rep ¼ 1922, the temperature increase
is 2 K. Another way to take into account the contact surface
consists in overlapping the contacted spheres by increasing
their diameter.19 The authors used a value of 1%, but the
sensitivity investigation of the heat-transfer properties toward
the contact surface area has not been carried out. In the case
of a structured mesh, the heat transfer around the contact
points should be better taken into account if the grid adapta-
tion is carried out in these regions.

Radial temperature profile in both solid and gas phase

In Figure 6 and 7, we compare the particle temperature
and the gas temperature profiles in the two packings at a
Reynolds number of 80 and 160. Contrary to the hydrody-
namics, the temperature averaged over the fixed bed devel-
ops no instability, and the heat flux at the wall remains con-
stant even if at the local scale the temperature fluctuates
with the velocity, so that the radial and axial temperature
profiles remain stable over time. In the two figures, the pro-
files are computed with the instantaneous temperature, but in
order to remove statistical fluctuations especially in the fluid
phase, the radial profiles are averaged over 10 cross sections.

In the two phases, the profiles show that two regions
divide the fixed beds: first, a near-wall region, located at a
radial distance from the wall lower than one particle

Figure 6. Radial profiles of the temperature computed
by CFD simulations; dt/dp 5 5.96; solid phase
(square): ceramic; gas phase (lines): air.

(a) Rep ¼ 80, and (b) Rep ¼ 160.

Figure 5. Radial profiles of the temperature without
fluid flow; dt/dp 5 7.8. Dots: CFD simulations
(square: ceramic as solid phase, triangle: air
as gas phase).

Line: Zehner correlation. Dotted line: Zehner correlation with
the local porosity computed with the Winterberg correlation.

Figure 7. Radial profiles of the temperature computed
by CFD simulations; dt/dp 5 7.8; solid phase
(square): ceramic; gas phase (line): air.

(a) Rep ¼ 80, and (b) Rep ¼ 160.
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diameter, where the temperature gradient is large, and sec-
ond, the core region in the remaining volume. This agrees
with the experimental observations of Dewash et al70 and
Lerou et al.71 The humps were located between dp to 1.5dp
from the wall. Dixon et al72 (see Figure 8) confirmed this
observation, but the humps were located this time at 0.5dp
from the wall. As in Figures 6 and 7, the radial position of
the humps was stable with Reynolds number. The experi-
mental data published in 1978 must be used carefully. The
authors used a brass cross to support the thermocouples. In
order to avoid experimental artifacts such as conduction
along the high conductive cross, A. Dixon43 recommends
using a low-conductive thermocouple cross. Therefore, the
experimental data here are used only for indicative compari-
son and cannot be used in the following discussion. How-
ever, it seems that close to the wall, the simulations over
predicts the temperature. We must also add that a radial pro-
file of temperature is prescribed at the inlet. Its expression is
T (r,z ¼ 0) ¼ TO þ (Tw � TO) (1 � r/RT)

n with TO ¼ 302.5,
Tw ¼ 316.4, and n ¼ 3.1 in order to match the experimental
profile at Z ¼ 0.

If we compare the profiles at Rep ¼ 80 and at Rep ¼ 160
in Figures 6 and 7, it seems that they are independent of the
hydrodynamic regime. The near-wall region can be divided
into three parts, the radial location of which depends on the
phase. For the solid phase, a first sub region characterized
by a large temperature gradient is located against the wall.
In this sub region, the two phases are at thermal equilibrium.
The radial width is about dp/8. It seems that the width does
not change with axial position, Reynolds number or the di-
ameter ratio dt/dp. A second sub region is located at a dis-
tance from the wall ranging from dp/8 to 7/8dp where the
particle temperature is higher than the gas temperature. The
temperature gradient is smaller than in the first sub region.
A third sub region is located at a distance of 7/8dp to dp
from the wall. The temperature gradient is high, and the
temperature difference between the two phases decreases so
that the two temperatures are generally close at r ¼ dp. The
gas temperature fluctuates more than the particle one. In the

gas phase, the three regions are not so clearly defined. The
limit between the first subregion, and the second one is
located between dp/8 and dp/4. The third one lies between
3/4dp and 5/4dp.

The depth of the thermal equilibrium increases with the
axial distance from 0 to dp/4 but seems to be independent of
the Reynolds number and the diameter ratio. In this sub
region, the gas flows with a high-axial velocity because the
first peak of the velocity profile is located at dp/4. Therefore,
a high-radial temperature gradient exists in the whole region.
The solid temperature is located near the contact point with
the wall. Around the contact point, the solid volume is so
small that the tangential temperature gradient is negligible in
the solid phase, and the specific surface is high enough to
equilibrate the two phases.

The second sub region is located at the first minimum of
the velocity profile (Uz � 0.2Uz). The solid fraction is about
75%. Therefore, the convection is no longer the dominant
mechanism: the heat flux in the solid phase comes from the
sphere/wall contact point to the particle center and the gas
temperature is controlled by the heat flux through the solid/
gas interface around the sphere/sphere contact points. So the
two phases should be at thermal equilibrium. However, the
convective gas transfer is small so that Tf � Ts close to the
interface particle/gas, and the temperature at the particle cen-
ter must be greater than at the surface because the solid con-
ductivity is higher than the gas one. So the two phases are
not in equilibrium because at an axial position, the profile of
Ts is averaged over the tangential direction and includes the
temperature at the particle center.

In the region around dp from the wall, the longitudinal gas
velocity is high (see Figure 2). The gas moves mainly in the
axial direction. Therefore, the heat exchange with the wall is
controlled by the radial diffusion and the time to travel the
sample along the radial position r ¼ dp is much smaller than
the mean residence time. Thus, the gas temperature increases
slowly with the axial position. The two phases have a com-
parable temperature for the following reason. The solid tem-
perature is averaged close to the solid/gas interface, where Tf
� Ts and close to the contact points where the gas is stag-
nant. To sum up, we have to consider that the cold gas,
flowing axially with a high velocity, induces a temperature
gradient in the solid phase close to the interface.

In conclusion, high-radial gradients of temperature in the
gas phase are induced by the high-axial gas flow, i.e., these
gradients are located at the radial position of the velocity
peaks. The gas phase has a lower thermal conductivity which
induces a lower temperature with a lower gradient than in
the solid phase over the near-wall region. In the solid phase,
the gradients are mostly located at the solid surface owing to
the high-thermal conductivity. In the core region, the two
phases are in thermal equilibrium and the temperature
decreases slowly with increasing radial position.

Comparison with macroscopic models

In this work, the temperature profiles, computed by the
microscopic approach and those by the macroscopic
approach, are compared in the axial and radial direction.
This avoids the effects of sample length and Reynolds num-
ber range on the parameter determination: the numerical

Figure 8. Comparison of the radial profile of tempera-
ture between CFD with dt/dp 5 7.8 (line), and
the experimental data of Dixon et al.72 with
dt/dp 5 7.5, and dp 5 9.5 mm (square). Rep 5
120.
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simulations show that the temperature boundary layer is not
fully established. In order to compare the profiles, the tem-
perature field of the macroscopic models is computed with
the differential equation (4) solved by means of the finite
volume technique according to the assumptions of each
model. The porosity is assumed to be 40%. The microscopic
approach separates the two phases, and the global tempera-
ture field is a combination of the temperature of each phase,
i.e., this approach can be compared to the two-phase model
of Dixon and Cresswell.2 In the single-phase macroscopic
models, the effective medium resembles the fluid phase,
because it flows with the superficial fluid velocity. The mac-
roscopic and the microscopic approaches can be compared if
the two phases are in thermal equilibrium, and if the particle
size is much smaller than the temperature gradient. We will
see that it is not the case in all the samples. Despite these
observations, the fluid temperature of the microscopic model
will be used in the discussion.

Heat-transfer properties of fixed beds depend on several
parameters. In order to check the robustness of the micro-
scopic model, the comparison with macroscopic ones is car-
ried out with different values of the two following parame-
ters: dt/dp and Rep. In the three macroscopic approaches of
Bey,8 Cheng9 and Winterberg,7 the longitudinal profile is
computed by averaging the heat flux over the cross-section
in the gas phase

T zð Þ ¼
R Rt
0
UzðrÞTðr; zÞrdr

1
2
UzR2

t

(6)

Owing to the cylindrical symmetry assumption of the
pseudo-homogeneous models, the velocity is constant and
equal to the mean value over a circumference. Therefore, the
temperature is directly used in the radial profile computation.
As in the previous section, the radial profile of the gas
temperature computed by CFD is an average over 10 cross-
sections.

Let us compare the CFD simulations to the pseudo-homo-
geneous models of Zehner/Bauer, Martin/Nilles and Spec-
chia/Baldi, in which no radial heterogeneity is assumed. In
Figure 9 the axial profiles computed with the model of Zeh-
ner/Bauer and with the CFD simulations are shown. The pro-
files inside the two packings agree over all the Reynolds
number range. In the worst case, i.e., where Rep ¼ 80 and
dt/dp ¼ 7.8, the temperature difference is about 2 K only.
Therefore, the heat balance over the porous medium is well
predicted by the Zehner/Bauer model. The agreement
throughout the packings also means that the length effect is

Figure 9. Axial profiles of the temperature computed
with the correlations of Zehner/Bauer
(square), with the correlations of Martin/Nilles
( ), and computed by CFD simulations
(line).

(a) dt/dp ¼ 5.96, and (b) dt/dp ¼ 7.8.

Figure 10. Radial profiles of the temperature computed
with the correlations of Zehner/Bauer (line),
with the correlation of Martin/Nilles (dotted
line), and computed by CFD simulation
(square); Rep 5 160.

(a) dt/dp ¼5.96, and (b) dt/dp ¼ 7.8.
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not noticeable. In order to compare further, the radial pro-
files inside the fixed bed dt/dp ¼ 7.8 are shown in Figure 10.
As in Figure 7, the same thermal regions can be observed.
In the core region, a thermal equilibrium is established, and
the two approaches predict the same temperature. The region
is localized at a radial distance from the wall greater than
1.25dp. In the near wall region (Rt � r \ dp), the sphere
packing is ordered along the wall. The porosity at Rt � r ¼
dp/2 is around 25% (see Figure 4b). Therefore, the packing
structure is close to the cubic face centered array. The radial
heat transfer in the gas phase is small, and the gas tempera-
ture hump at Rt - r ¼ dp/2 is induced by the contribution of
the heat transfer through the particle/gas interface. However,
this heat flux is not sufficient to avoid the thermal disequili-
brium between the two phases. At Rep ¼ 80 (Figure 10a),
the humps are highly visible all along the bed length. There-
fore, the pseudo-homogeneous model of Zehner/Bauer can-
not predict the shape of the radial profile in the near-wall
region. Against the wall, the numerical results display no
thermal boundary layer, even at the outlet, owing to the
small value of the Reynolds number. The pseudo-homogene-
ous model predicts a wall temperature jump of 10 K at the
outlet, and, consequently, the model underestimates the tem-
perature in the entire near wall region. This might explain
why the axial profile of the Zehner/Bauer temperature is a
little smaller. At high Reynolds number (Figure 10b) the

humps are not as clear. The heat boundary layer seems to
appear close to the outlet with a temperature jump of 10 K.
At this axial position, the model of Zehner/Bauer predicts a
jump of 15 K. Therefore, the discrepancy between the two
approaches decreases as the Reynolds number increases.

The CFD results also match the model of Martin/Nilles
(Figures 9 and 10). However, in Figure 9b, it seems that, in
the case dt/dp ¼ 7.8 and at high Reynolds number, the two
approaches are less in agreement. Figure 10b shows that at
high Reynolds number, the difference of temperature
between the two macroscopic models is located close to the
wall owing to the correlation of the Nusselt number used in
the two models. If dt/dp ¼ 5.96, the two macroscopic models
show a small disagreement at small Reynolds number (see
Figure 9a). However, the investigated range of diameter ratio
and Reynolds number does not allow the two macroscopic
models to be distinguished.

The model of Specchia/Baldi (Specchia 1) is compared to
the CFD simulations in Figures 11 and 12. In Figure 11, the
axial profiles along the two packings show a noticeable tem-
perature difference between the two computations. The mac-
roscopic model overestimates the radial heat transfer. The
discrepancy increases with the axial position, but it decreases
as the Reynolds number increases if dt/dp ¼ 7.8. In Figure

Figure 11. Axial profiles of the temperature computed
with the correlations of Specchia (square)
with the correlations of (Specchia 1 Kunii
and Smith55) ( ), and computed by CFD
simulation (line).

(a) dt/dp ¼ 5.96, and (b) dt/dp ¼ 7.8.

Figure 12. Radial profiles of the temperature computed
with the correlations of Specchia (line), with
the correlations of (Specchia 1 Kunii &
Smith55) (dotted line), and computed by CFD
simulation (square); Rep 5 160.

(a) dt/dp ¼ 5.96, and (b) dt/dp ¼ 7.8.
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12, the radial profiles inside the two packings at Rep ¼ 160
are shown, i.e., where the discrepancy is smaller. In the core
region, the model of Specchia/Baldi overpredicts tempera-
tures. Let us compare the radial profiles in Figure 12b to the
profiles computed with the model of Zehner/Bauer in the
same fixed bed (Figure 10b). At the wall and close to the
inlet, the temperature predicted by the former model is
smaller, but this discrepancy decreases as the axial distance
from the inlet increases. As observed above, the temperature
computed by the correlations of Specchia/Baldi is too high
in the core region. This means that these correlations overes-
timate the radial heat-transfer diffusivity. The discrepancy is
all the greater since the Reynolds number is small. Specchia
and Baldi computed the parameter k0r with the model of
Kunii and Smith,55 but they used experimental data to corre-
late the parameter U with the porosity. In Figures 11 and 12,
the Specchia/Baldi model is shown but with the full model
of Kunii and Smith (Specchia 2). The profiles show that if
the model of Specchia/Baldi is used with the exact expres-
sion of k0r computed by Kunii and Smith, the macroscopic
model agrees with the CFD simulations over the whole
Reynolds range and over the length of the two packings,
except for dt/dp ¼ 5.96 at Rep ¼ 80.

Let us now compare the models which take into account
the radial heterogeneity. The model of Bey/Eigenberger and
the CFD simulations disagree. In Figure 13, the former
model (Bey 1) predicts a higher-temperature profile whatever

the diameter ratio and over all the Reynolds number range.
However, for the high diameter ratio, it seems that the dis-
agreement between the two models decreases as the Reyn-
olds number increases. If we compare the radial profiles
(Figure 14) for dt/dp ¼ 7.8, we observe that at small Reyn-
olds number the macroscopic model predicts a higher-tem-
perature in the core region. Comparing this model with the
model of Zehner/Bauer (Figure 10a), the model of Bey/
Eigenberger also predicts higher-temperature at all radial
positions. The discrepancy increases with the axial position,
whereas at high Reynolds number, the two macroscopic
models (Figures 10b and 14b) predict comparable tempera-
ture profiles even close to the wall and agree with the CFD
computations. In fact, the model of Bey/Eigenberger predicts
a temperature slightly lower as we will see later. The dis-
crepancy between Figures 13b and 14b comes from the com-
parison of different quantities. The axial and the radial pro-
files are computed by means of the heat flux (6) and the
temperature, respectively. In the model of Bey/Eigenberger,
the radial velocity profile is taken into account. Therefore,
contrary to the three first macroscopic models, the average
heat flux is not equal to the average temperature. In Figure
13, the axial profiles (Bey 2) are computed with the tempera-
ture only. The axial temperature is smaller than the tempera-
ture computed with (6), and there is no longer any

Figure 13. Axial profiles of the temperature.

Square: correlations of Bey, temperature averaged with the
radial profile of velocity: correlations of Bey, temper-
ature averaged with a constant velocity. Line: CFD simu-
lation. (a) dt/dp ¼ 5.96, and (b) dt/dp ¼ 7.8.

Figure 14. Radial profiles of the temperature computed
with the correlations of Bey/Eigenberger
(line), and computed by CFD simulations
(square); dt/dp 5 7.8.

(a) Rep ¼ 80, and (b) Rep ¼ 160.
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discrepancy between the macroscopic and the microscopic
models. If the axial temperature is computed with the heat
flux, the integral is sensitive to the temperature located at
the velocity peaks. In the region Rt � r \ 0.75dp, the nor-
malized axial velocity value is higher than two, and the tem-
perature is higher than in the core region. The temperature
average is weighted by the axial velocity. Therefore, the
contribution of the velocity profile in the integral (6)
increases the axial temperature. In other words, if we take
into account the heat balance, we have to use the average
heat flux. The axial profiles show that the model of Bey/
Eigenberger overestimates the radial heat flux. If we com-
pare the axial profiles, the average temperature computed
with a constant velocity could be used but it is questionable.

The model of Winterberg takes into account both the ra-
dial profile of the velocity and the radial thermal conductiv-
ity. Contrary to the other macroscopic models, the gas tem-
perature is set equal to the wall temperature at r ¼ Rt. The
radial velocity profile is characterized by one peak located at
0.12dp from the wall. Its magnitude is about 2.5 times the
mean velocity. In the core of the fixed bed, the magnitude is
0.7 times the mean velocity. The local velocity equals the
mean velocity at 0.45dp. These characteristic values remain
constant in the range of Rep and the diameter ratio investi-
gated. Concerning the effective conductivity, the width of
the near-wall region decreases from 1.6dp to 0.83dp as Rep
increases from 86 to 160. Therefore, the near-wall region of
the thermal conductivity does not coincide with the velocity

one. In the core region, where kr is constant, the correlations
of Winterberg and of Bauer predict a comparable value of
the radial effective conductivity. However, in the near-wall-
region, the correlation of Winterberg predicts a decrease of
kr to a value close to kf as the distance from the wall
decreases to zero. The correlation of Winterberg, therefore,
predicts a smaller value of kr than the correlation of Bauer
whatever the radial position. Figure 15 shows that the model
of Winterberg predicts a much lower temperature than the
CFD computation. For the two diameter ratios, the discrep-
ancy increases with the Reynolds number. In Figure 16, the
radial profiles show that the macroscopic model predicts a
decrease of the temperature far higher close to the wall
owing to the small radial conductivity. At high Reynolds
number (Figure 16b), a boundary layer can be seen whose
width is around 0.4dp, which is higher than the width pre-
dicted by CFD. At this radial position, the temperature dif-
ference between the two approaches is higher than 10 K. In
the core region, the discrepancy decreases as the radial dis-
tance from the wall increases.

However, at this step of the comparison, it must be
noticed that in the publications7 and,76 the Winterberg model
and the Martin/Nilles one (or model) agree with experimen-
tal data. However, the Martin/Nilles model seems to

Figure 15. Axial profiles of the temperature computed
with the correlations of Winterberg (square),
and computed by CFD simulation (line).

(a) dt/dp ¼ 5.96, and (b) dt/dp ¼ 7.8.

Figure 16. Radial profiles of the temperature computed
with the correlations of Winterberg (line),
and computed by CFD simulations (square)
dt/dp 5 7.8.

(a) Rep ¼ 80, and (b) Rep ¼ 160.
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underpredict the local temperature. These publications show
also that Winterberg model gives more realistic profiles close
to the wall. In this work, the CFD agrees the Martin/Nilles
model (Figure 10), and experimental data (Figure 8). How-
ever, unfortunately, for reasons that have not been elucidated
until now, the Winterberg model disagrees with the CFD
results, and also with the Martin/Nilles model. Therefore, no
conclusion can be drawn from the comparison between the
microscopic approach and the Winterberg model. In the ap-
pendix, all the correlations used in this model are introduced,
and the radial profiles of the velocity and of the effective ra-
dial conductivity used in the simulations are shown.

The model of Cheng localizes the velocity peak at dp/3
from the wall. Its magnitude is about twice the mean veloc-
ity. In the core of the fixed bed, the magnitude is one half
the mean velocity. The near-wall region lies over 2.5dp from
the wall, i.e., over most of the cross-section of the two pack-
ings. In this region, the heat conductivity increases from the
stagnant conductivity to about twice the value predicted by
the model of Zehner/Bauer for the two packings. The two
models predict the same value at about r ¼ dp from the
wall. In Figure 17, the model is compared to the CFD simu-
lations at Rep ¼ 160. In Figure 17a, the axial profiles along
the two packings display a high discrepancy compared to the
CFD simulations. The over prediction increases with the
axial position. This discrepancy is confirmed by the radial
profiles in Figure 17b (dt/dp ¼ 7.8). In fact, the macroscopic
model overestimates the radial heat-transfer conductivity
over most of the cross-section. Therefore, its overestimated

value in the core region cannot be compensated by the small
value of the radial heat conductivity close to the wall.

Guardo et al.19 studied the heat transfer properties of a
fixed bed, filled by 44 spheres (dt/dp ¼ 3.92), which seemed
to be nonconductive. Several turbulence models, available in
the commercial code Fluent, were used in order to compare
the Nusselt number and the effective heat-transfer coefficient
to correlations in the Reynolds number range lying from 100
to 900. The authors found that the numerical results agree
with the aw correlation of Olbrich and Potter74 and the kr
correlation of Yagi and Wakao.46 However, the hypothesis
of nonconductive spheres makes their numerical results unre-
alistic. Moreover, the authors used self-consistent correla-
tions and models: aw and kr correlations were determined
simultaneously by experimental investigations46,75 or by the-
oretical ones.2 The agreement may be stated only if the nu-
merical results match the two correlations simultaneously.
Therefore, their analysis seems to be incoherent. Freiwald
and Paterson (1992) also tempted to carry out model dis-
crimination by means of their experimental data and the Dix-
on’s ones. The Reynolds number ranged from 50 to 1,300.
Spheres, cylinders and Raschig rings were employed. The
authors found that the model of Zehner/Bauer for kr, and the
model of Hennecke for aw agreed best with the experimental
results.

Conclusion

Over many publications, it has been demonstrated that the
macroscopic approach cannot accurately describe the heat-
transfer mechanism in packed beds. Several research groups
have attempted to improve the pseudo-homogeneous model
by introducing radial heterogeneity or by taking into account
explicitly the thermal property of the two phases. However,
most of these models do not give quantitative predictions. In
this work, another approach has been used. It consisted in
computing the velocity and temperature field at the pore
level by means of direct numerical simulation and resolution
of the heat balance equation. It was shown that at Reynolds
number ranging from 80 to 160, the numerical results agree
with the experimental observations concerning the radial
profile of the axial velocity and the prediction of the hydro-
dynamic instability threshold. The computation of the tem-
perature field has shown that along the wall the two phases
are not at thermal equilibrium over a layer the depth of
which is one diameter. The radial temperature profiles also
revealed the existence of humps over this layer. Against the
wall a thermal boundary layer appears at Reynolds number
values higher than 120. Its depth is about dp/8.

Several macroscopic models were used in order to verify
the accuracy of the simulation. A detailed comparison of ra-
dial and axial profiles has shown that the model of Zehner/
Bauer/Hennecke and of Martin/Nilles agree best with the nu-
merical simulations. However, close to the wall, this model
does not agree with the CFD simulations owing to the ther-
mal disequilibrium between the two phases, and also the
thermal boundary layer weakly developed in the Reynolds
number range investigated. The model of Specchia/Baldi
overestimates the radial stagnant heat transfer conductivity.
The model can be improved if the complete model of Yagi
and Kunii is applied. Unfortunately, the interesting model of

Figure 17. Temperature profiles computed with the
correlations of Cheng/Vortmeyer, and com-
puted by CFD simulations; Rep 5 160.

(a) axial profiles, dt/dp ¼ 7.8 and 5.96, and (b) radial pro-
files, dt/dp ¼ 7.8.

864 DOI 10.1002/aic Published on behalf of the AIChE April 2009 Vol. 55, No. 4 AIChE Journal



Bey and Eigenberger, which takes into account a realistic ra-
dial profile of velocity, does not agree with the simulations.
Even if the radial profiles match the CFD simulations, it
overestimates the radial heat transfer. Unfortunately, CFD
simulations disagree with the models with a radial profile of
effective conductivity.

The comparison of several macroscopic models and experi-
mental data shows that the direct numerical simulation in 3-D
artificial packing with no hydrodynamic assumptions, allows
realistic results to be obtained and the microscopic mechanism
of heat and mass transfer to be accessed in the case of a small
temperature gradient. However, the solid surface (wall and
spheres), and the contact points (sphere/sphere and sphere/
wall), cannot be described accurately by the use of structured
mesh. An unstructured mesh is more suitable for complex to-
pology, but its use needs more memory requirement. This
work could be improved by increasing the resolution around
the contact points using a grid adaptation. Another improve-
ment would consist in the use of the immersed boundary
method in order to better define the solid surface.

Notation

Cp ¼ gas specific heat capacity under constant pressure, J kg�1K�1

d ¼ diameter, m
L ¼ fixed-bed length, m
P ¼ pressure Kgm�1s�2

R ¼ radius, m
T ¼ temperature, K

TO ¼ temperature at the inlet, K
~U ¼ superficial velocity ms�1

r ¼ radial coordinate, m
t ¼ time, s
z ¼ axial coordinate, m

— ¼ cross-section average
\[ ¼ average over the fixed bed

Greek letters

a ¼ heat-transfer coefficient, Wm�2K�1

d ¼ grid size, m
dt ¼ time step, s
e ¼ porosity
g ¼ dynamic viscosity, Kg m�1s�1

geff ¼ effective fluid viscosity, Kg m�1s�1

k ¼ thermal conductivity Wm�1K�1

q ¼ density, Kg m�3

s ¼ mean time for a fluid to travel a sphere diameter
dpe

\Uz[
, s

Subscripts

c ¼ core
f ¼ fluid
p ¼ particle
r ¼ radial component
z ¼ axial component

x,y ¼ transversal component
s ¼ solid
t ¼ tube
w ¼ wall
0 ¼ conductive contribution
1 ¼ convective contribution

Dimensionless numbers

Bi ¼ aw Rt/kr ¼ Biot number
Gz ¼ Per d

2
t /Ldp ¼ Graetz number

Pr ¼ Cpf gf/kf ¼ Prandt number
Rep ¼ qf \Uz[ dp/gf ¼ Reynolds number
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Appendix

In the Winterberg model, the velocity field is computed
with the Brinkman-Forchheimer equations (3) with the fol-
lowing expression of the porosity

eðrÞ ¼ 0:37 1þ 1:36 exp �5
Rt � r

dp

� �� �
(A1)

and with the effective viscosity

geff
gf

¼ 2 exp �0:002Rep
� �

(A2)

Figure A1 shows the radial profile of the axial velocity for
the three Reynolds numbers used in this work with dt/dp ¼
7.8. The profile at Rep ¼ 1 and dt/dp ¼ 4 is identical to the
profile shown in.76
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The temperature field is computed by solving the macro-
copic heat balance equations with the local velocity field.
The expression of the effective radial conductivity is

krðrÞ ¼ k0r þ 0:125RepPr
Ucore

\U>

Rt � r

K2hdp

� �2

kf

for 0\
Rt � r

K2hdp

� �
\1 (A3a)

krðrÞ ¼ k0r þ 0:125RepPr
Ucore

\U[
kf

for 1\
Rt � r

K2hdp

� �
\

Rt

K2hdp
(A3b)

with K2h ¼ 0:44þ 4 exp � Rep
70

� �
and k0r computed with the

correlation of Zehner.49

Figure A2 shows the radial profile of kr for the three
Reynolds numbers used in this work and for dt/dp ¼ 7.8.
The boundary conditions used in the computation are:

At the inlet: Z ¼ 0, T ¼ Tinlet (r)
At the wall: r ¼ Rt, T ¼ Tw
At the outlet the temperature is extrapolated.

Manuscript received Sept. 11, 2007, revision received Sept. 5, 2008, and final
revision received Dec. 12, 2008.

Figure A1. Radial profiles of velocity computed with
the Brinkman-Forchheimer equation and the
correlations of Winterberg.7

dt/dp ¼ 7.8 and 4.

Figure A2. Radial profiles of thermal conductivity com-
puted with the correlation of Winterberg.7

dt/dp ¼ 7.8.
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